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The particle residence time distribution (RTD) and axial dispersion coefficient are key parameters for
the design and operation of a pressurized circulating fluidized bed (PCFB). In this study, the effects of pressure
(0.1—0.6 MPa), fluidizing gas velocity (2—7 m-s~ 1), and solid circulation rate (10—90 kg-m2-s~ ') on particle
RTD and axial dispersion coefficient in a PCFB are numerically investigated based on the multiphase particle-
in-cell (MP-PIC) method. The details of the gas—solid flow behaviors of PCFB are revealed. Based on the gas—
solid flow pattern, the particles tend to move more orderly under elevated pressures. With an increase in
either fluidizing gas velocity or solid circulation rate, the mean residence time of particles decreases while the
axial dispersion coefficient increases. With an increase in pressure, the core-annulus flow is strengthened,
which leads to a wider shape of the particle RTD curve and a larger mean particle residence time. The back-
mixing of particles increases with increasing pressure, resulting in an increase in the axial dispersion
coefficient.
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1. Introduction

Circulating fluidized beds (CFBs) are widely used in industrial
applications, such as fluid catalytic cracking, coal combustion, and
biomass gasification, because of their excellent heat and mass
transfer. In recent years, the pressurized circulating fluidized bed
(PCFB) combined with oxy-fuel combustion has been proposed to
improve cycle efficiency and decrease the cost of CO; capture [1-3].
An oxy-coal PCFB combustion cycle was analyzed [4]. With the
increase in pressure, the cycle efficiency increased from 27.2% to
30.5%. Extensive studies have been conducted on combustion
characteristics, operating parameters, and pollutant emissions, and
quite a few merits are reported for pressurized fluidized oxy-coal
combustion [5—10]. It is because an increase in pressure for
bubbling fluidized beds can cause a more vigorous motion with
smaller bubbles [11—13], which promotes gas-solid mixing.

With respect to an increase in pressure for circulating fluidized
beds, the studies on flow dynamics are fewer. Experiment and
simulation are two main methods to study the flow dynamics of a
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CFB operated at high pressure [14]. Extensive experimental studies
have been conducted on particle concentration, particle velocity,
and solid circulation rate. Richtberg et al. [15] studied the effect of
elevated pressure on particle motion and distribution in a PCFB and
found a more uniform axial and radial solid distribution with
increasing pressure. Nie et al. [16] conducted gas—solid flow be-
haviors in a pressurized multi-stage circulating fluidized bed and
found that the system could be more controllable under an elevated
pressure and high solid circulation rate. Increasing pressure led to a
higher apparent solids holdup. Feng et al. [17] investigated the
radial profiles of particle volume fraction under various operating
conditions and found that the superficial gas velocity played a more
significant role than the operating pressure in particle volume
fraction in the radial and axial directions. Tsukada et al. [18] carried
out gas-solid flow experiments in a CFB under the pressure range of
0.1-0.7 MPa and found that the transition rate from bubbling to
turbulent fluidization decreased with the increase in pressure, but
the solid circulation rate remained almost constant under the
transition rate. Further study on flow dynamics by combining
experiment and simulation. Zhu et al. [19,20] investigated the hy-
drodynamic behavior of a pilot-scale PCFB at elevated pressures
and found that the solid circulation rate changed from a significant
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increase to slight growth with increasing operating pressure.
Similarly, Dong et al. [14] found that increasing pressure can in-
crease particle uniformity in the axial and radial directions. In our
previous studies [21,22], gas—solid slip behaviors and the solid
circulation rate at elevated pressures were correlated with oper-
ating parameters in a PCFB.

The particle residence time distribution (RTD) and axial
dispersion coefficient are key parameters for the design and oper-
ation of circulating fluidized beds [23—25]. Scale-up properties of
multiple-chamber fluidized beds have been explored by inter-
preting the residence time distribution of polydisperse particles
[26]. The experimental measurement of RTD for CFB is generally
based on the pulse method, including the chemical substance
tracking method [27] and the radiation tracer method [28,29].
Harris et al. [30,31] conducted experimental measurements on RTD
in a cold CFB riser and found that the fluidizing gas velocity had a
significant impact on peak of particle RTD, distribution, and shape.
The RTD of particles reflected the internal circulation degree of
particles in the riser. Chapadgaonkar et al. [32] studied the RTD in a
CFB through experiments and found that the mean residence time
of particles decreased with an increase in the proportion of coarse
particles. However, the measurement of particle RTD is time-
consuming and labor-intensive. Compared with the experimental
studies, the numerical simulation can directly obtain detailed in-
formation on particle motion. For instance, Luo et al. [33] used
computational fluid dynamics-discrete element method (CFD-
DEM) to simulate the full-loop gas—solid flow in a CFB, studied the
particle motion characteristics from a macroscopic and microscopic
perspective, and found that particles in the riser had strong back-
mixing with a large distribution range of residence time. By using
numerical simulation, Hua and Wang [34] systematically studied
particle RTD, compared variations of mean residence time, Peclet
number, and dispersion coefficient of solids under different con-
ditions from the literature, and explained some existing contra-
dictions in the reported effects of operating conditions on particle
RTD. Shi et al. [35] discussed the RTD under different particle size
distributions in a CFB riser using computational particle fluid dy-
namics (CPFD) and found that the mean residence time of particles
with a wider particle size distribution was longer. Yoo et al. [36]
used the Eulerian—Eulerian model and tracer technique to study
the influence of gas jet direction on solid RTD in the riser of a CFB.
The results showed that the gas jet direction had a significant effect
on the axial and radial structure of the bed, which affects the RTD.

To summarize, experiments provide the most reliable
results but have limitations on experimental cost and complex
operating conditions [15]. The Eulerian—Eulerian model is widely
used in gas—solid flow in a CFB. However, the model is not able to
get particle information [37]. The CFD-DEM model can account for
particle characteristics, but it takes a long time and is difficult to
simulate industrial equipment [38]. Among different simulation
methods for circulating fluidized beds, the multiphase particle-in-
cell (MP-PIC) method is increasingly used, e.g. pressurized fluid-
ized bed oxy-fuel combustion of coal [39], steam gasification of
biomass [40], and CO, enhanced gasification of coal [41]. The spe-
cial advantage of MP-PIC is that it can be applied for simulating
facilities with industrial sizes and wide particle size distributions
[42,43].

Through the above analysis of the existing studies, the MP-PIC
method provides a strong tool for studying particle flow dy-
namics in CFB. However, there are limited studies on particle RTD in
CFB with elevated pressures. Therefore, the current study is aimed
at exploring the effects of pressure, fluidizing gas velocity, and solid
circulation rate on particle RTD and axial dispersion coefficient in a
full-loop PCFB by using MP-PIC simulation. The article is organized
as follows: In Sections 2 and 3, the MP-PIC method is described and

validated for simulating the gas—solid flow in a PCFB. In Section 4,
the data analysis methods of RTD and dispersion coefficient are
described. In Section 5, the results of particle movement, RTD, and
axial dispersion coefficient are presented and discussed. Section 6
concludes the article.

2. Mathematic Model
2.1. Gas phase governing equation

The MP-PIC model provided by the open-source multiphase
flow platform MFiX [44,45] is used, where the governing equations
of the gas phase are shown below.

Continuity equation:

9 (egpg)
at

Momentum equation:

+V-(8gpgug) =0 (1)

d — M
dat (egpgllg) = V-Sg + egpe@ — > Igm (2)
m=1

where ug is the volume average gas phase velocity, ¢ is the gas
volume fraction, pg is the gas density, Iy is the momentum ex-
change rate between the gas phase and solid phase, and g is the

acceleration of gravity. S:g is the force tensor:

Sg= — gl +7g (3)

where py is the gas phase pressure. 7 is the gas phase shear stress
tensor:

Tg = 2ugDg + AV -tDgl (4)

where Dg = {Vug + (Vug)T] / 2 is the strain rate tensor, iy and Ag

are the dynamic coefficient and the second coefficient of the gas
phase viscosity.

2.2. Solid phase governing equation

In the MP-PIC method [46,47], the movement of the solid phase
is described by the Lagrangian approach, where the real particles
are replaced by calculated particles. Each calculated particle con-
tains np real particles with the same properties. When the overall
characteristics of the solid phase are needed, the properties of all
particles are interpolated into the fluid grid so that the solid phase
has the properties of both a discrete phase and a continuous phase.

The mt solid-phase is represented by Ny, calculated particles.
The diameter and density of each calculated particle are Dy, and
psm» respectively. For the total of M solid phases, the total number of
calculated particles N is:

M
N= Z:]Nm (5)

The movement of the particle phase is related to the transport
equation of the particle distribution function f(xp, up, mp, f).
Therefore, f(xp,up, mp, t)dmpduy is the particle distribution func-
tion in a specific mass interval, velocity and position at time t. The
transport equation corresponding to the particle distribution
function is as follows:
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i) du - -
a—ft+v-(fup) +Vup-(d—tpf) :fDTDf#% (6)
where fp is the distribution function of particles in the local equi-
librium state, 7p is the relaxation time of collision between parti-
cles, fg is the distribution function of the particles in the local
equilibrium state under the Gaussian distribution effect, and 7¢ is
the relaxation time of particle collisions under the Gaussian dis-
tribution effect.

For the dynamic information of ith particle, the relevant calcu-
lation equations for its displacement and velocity are as follows:

dxcllgt(t) —up(t) -
mpducl[)t(t) = Mpg + Fp grag(t) + Fp con(t) (8)

where F, 4,4 (t) is the drag force acting on particles, and Fj, . (t) is
the force generated by collision between particles.

2.3. Gas—solid interaction: drag force model

The drag force determines the momentum transfer between
two phases, which affects the movement and distribution of par-
ticles. In this study, the Gidaspow drag force model [48] is used, and
the corresponding equation is as follows:
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where d, is particle diameter, ; is average particle volume fraction.

2.4. Particle—particle interaction: solid collision

The collision between particles is described by a hard-sphere
model based on the law of momentum conservation. The friction
coefficient and restitution coefficient are used to calculate particle
velocity after collision. It is assumed that the particle collision
process is completed within a time step. The MP-PIC method does
not directly solve the collision of each particle but solves the stress
gradient of the particle in the Eulerian grid and then assigns the
value to the particle at the corresponding position by interpolation
to simulate particle collisions. The force F, ., produced by colli-
sions between particles is as follows:

u
Fp.,coll = - ?EVTP (12)

where 7} is the particle normal stress, which is calculated by Harris
and Crighton's model [49]:

pssg

:max[eb —&5.0(1 — &5)] (13)

Tp

where ps is a constant, which is usually between 1 Pa and 100 Pa.
The ¢, is the maximum allowable particle volume fraction, § is
constant, which takes a value of 2—5, and ¢ is constant, which takes
a value of 1077 [50].

2.5. Wall boundary conditions

In the model, the gas phase uses the nonslip boundary wall
condition. The collision between a particle and wall uses inelastic
collision:

n-up = —ewnn-ug)) (14)

T Up = feWT-r-ufJO) (15)

where ey and ey, are the normal and tangential collision resti-
tution coefficients during the collision between the particle and
wall, respectively.

The velocities of the fluidizing gas and the aeration gas in the
loop-seal are specified at the inlets. The outlet is the pressure outlet
boundary. Initially, the solid phase is uniformly distributed in the
returner and downcomer according to the specified volume frac-
tion. The initial velocities of the gas phase and the solid phase are
both set to zero.

3. Simulation Conditions
3.1. Experimental setup

Fig. 1 shows the circulating fluidized bed, which is mainly
composed of a riser, cyclone, downcomer, and loop seal. A full-loop
PCFB is studied. Compared with the periodic boundary condition,
adding a full-loop PCFB ensures the stability of the simulation,
which more closely matches the actual circumstances. The details
can be referred to in our previous study [22]. Here, a brief
description is presented. Both the inner diameter of the riser and
the dipleg are 0.05 m. The height of the riser is 3.3 m with an L-type
exit. Air is used as the fluidizing agent and is introduced from the
bottom distributor. The recirculation inlet of the solid is
located 420 mm above the distributor. The sand is used as bed
material, which has a density of 2550 kg-m~> and an average
particle size dp of 537 um.

3.2. Numerical validation

The three-dimensional geometric model is constructed using
the stereolithography (STL) format file. The cut-cell grid is used to
mesh the complex geometry. The minimum grid sizes in the three
directions of X, Yand Z are 8.6, 7.2 and 4.5 mm, which is about 15
times the particle size.

In order to validate the accuracy of the model, a condition with a
pressure of 0.3 MPa and a fluidizing gas velocity of 3 m-s~! is used
for comparison. The particle properties and main numerical pa-
rameters related to the simulation are listed in Table 1. By simu-
lating this case for 80 s, the time average of parameters during
60—80 s is calculated and compared with experimental values.

It should be pointed out that the sensitivity analysis of key pa-
rameters in the MP-PIC model, such as the normal collision coef-
ficient of restitution e, tangent collision coefficient of restitution
ewr, number of real particles per computational particle np, were
considered when testing the model. Regarding the collision
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between particle and wall, Wu et al. [51] compared the particle
collision coefficient of restitution from 0.5 to 0.95 and found that
the values of each parameter were very close. For the number of
real particles per computational particle, Nikolopoulos et al. [52]
found that it had a limited effect on the pressure distribution of the
bed. Ostermeier et al. [53] found that the MP-PIC model was more
dependent on the mesh size than on the number of real particles
per calculated particle.

Fig. 2 shows the comparison of simulation results and experi-
mental data. As shown in Fig. 2(a), the predicted particle volume
fraction agrees reasonably with the experimental data along the
axial direction by using the Gidaspow drag model, especially in the
dilute region and transition region. While there is a slight differ-
ence between simulation results and experimental data in the
dense region, which is the nonuniform gas—solid flow. The solid
circulation rate obtained from the simulation using the Gidaspow
drag model fluctuates near a fixed value of 23.3 kg-m~2-s~!, which
is consistent with the experimental data of 21.47 kg-m~2-s~! under
the same operating conditions. Thus, the MP-PIC method is

v Outlet

+«— 90 mm

3300 mm

<+«— 50 mm

/,_/

T Inlet

Fig. 1. Simplified model of the CFB system.

reasonable to simulate the solid circulation rate in a pressurized
circulating fluidized bed by using the Gidaspow drag model.

3.3. Test conditions

The operation is at room temperature, while the pressures are
0.1, 0.3 and 0.6 MPa, and the corresponding gas densities are 1.18,
3.51 and 7.01 kg-m~3, respectively. For different pressures, the
fluidizing gas velocity varies from 2 to 7 m-s~ L. The minimum
fluidizing gas velocity for the used particles under 0.1, 0.3 and
0.6 MPa is 0.209, 0.145 and 0.128 m-s~ !, respectively, which were
reported in our previous study [54].

4. Data Analysis Method
4.1. Axial and radial distribution of particle volume fraction

Alist of eight points is monitored along the axial direction of the
riser. The vertical heights between the monitoring points and the
air distributor are 250, 380, 720, 1170, 1690, 2440, 3040 and
3270 mm, respectively. In the horizontal plane, the above eight
points are monitored for particle volume fraction. The ratios of r to
the riser radius R are 0, 0.2, 0.4, 0.6, 0.8 and 0.98. In the process of
data extraction, statistical analysis is performed on the particle
volume fraction of each monitoring point.

4.2. Solid circulation rate

Solid circulation rate refers to the particle mass flow rate per
unit cross section, which is changed by changing the fluidizing gas
velocity. A monitoring surface at the outlet of the riser is set at
3270 mm from the vertical height of the air distribution plate to
calculate the particle mass flow rate qm. Then, the particle mass
flow rate is converted to the solid circulation rate (Gs):

qm
Gs = — 16
= (16)
where Ap is the cross-sectional area of the riser.

4.3. Particle residence time distribution

When calculating particle residence time distribution (RTD) in
the riser, two monitoring surfaces at the inlet and outlet of the riser
are set. Each time the particles pass through the monitoring sur-
face, the corresponding time difference is the residence time of the
particles in the riser.

Table 1

Simulation parameters used in MP-PIC model
Parameter Value
Gas density/kg-m > 3.51
Gas viscosity/kg-m~!-s~! 1.7 x 107°
Particle diameter/um 537
Particle density/kg-m > 2500
Particle packing density/kg-m—> 0.6
Number of numerical calculated particle 219116
Number of real particles per calculated particle 200
Number of real particles 4.4 x 107
Empirical dampening factor 0.85
Normal collision coefficient of restitution 0.85
Tangent collision coefficient of restitution 0.85
Time step/s 1x10*
Physical simulation time/s 80
Save frequency/Hz 50
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Fig. 2. Comparison of the simulation results and experimental data [16] (a) axial particle volume fraction along the riser; (b) solid circulation rate over time.

Usually, the particle residence time distribution is plotted in the 1N
form of a probability distribution graph (E-curve) [55]. Through ?:N Zl’n (19)

normalization, the E-curve satisfies the requirement of [° E(t)dt =
1, which can be described by mean and variance as follows:

fimean — jw (E(t)dt (17)
0

where tmean represents the average value of the residence time of

all particles in the component.

4.4. Particle axial dispersion coefficient

The method for calculating the axial dispersion coefficient of

particles is based on the trajectory of a single particle [33,55]. In this
study, all of the calculated particles, that is, 219116, are used to
calculate the particle axial dispersion coefficient. If a number of N
particles are injected at (xq, yo, Zo) when t = 0, the instantaneous
displacement of each particle can be expressed as:

Y=y(t) —yo (18)

The average axial displacement of tracer particles at time ¢ is:

120 T T 1 1 1 1 1 I

J—

(=

o
1

[*3
(=)
1

(o))
o
1

N
o
1

[\
(=)
1

Solids circulation rate G, /kg'm s

0 1 2 3 4 S 6 7 8
-1
uy—u, /m-s

Fig. 3. Gas—solid flow diagram under different simulated working conditions (region
II: DRF, region III: CAF, region IV: CAF + TFBB, region V: DRU).

The variance of the particle's axial displacement at time ¢ is:

2 1 N 12
“F 0= (20)

The particle axial dispersion coefficient (Da) can be expressed
as:

2dt

In the momentum and mass transfer of gas—solid flow, the

D, = (21)
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Fig. 4. Details of gas—solid flow behavior of PCFB.
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Fig. 5. 3D surface plots of particle volume fraction of longitudinal section of riser.

Peclet number, Pe, is used to describe the relative magnitude of
convection and dispersion:

u

PeD

(22)
where u is particle convection velocity, L is the displacement during
particle movement, and D is the particle dispersion coefficient.

The estimation equation of particle convection velocity uis L/ t,
where L corresponds to the net height of the riser and f is particle
mean residence time. For numerical simulation, £ is taken as tmean.
Therefore, the calculation equation for the Peclet number corre-
sponding to the axial particle dispersion in the riser is:
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Fig. 7. Mean particle residence time under different solid circulation rate.
5. Results and Discussion
5.1. Gas—solid flow diagram
A gas—solid flow diagram is proposed for the purpose of a better
comprehension of the hydrodynamic characters and a better defi-

nition of the design and operation parameters [56—58]. Fig. 3
shows the gas—solid flow diagram under different simulated

12 working conditions [58]. In terms of ug — uyr and Gs , the operation
Pe; = tmeanDa (23) regimes in the riser of a CFB are divided into the following regimes:
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Fig. 6. Effects of solid circulation rate on RTD: (a) p = 0.1 MPa; (b) p = 0.3 MPa; (c) p = 0.6 MPa.
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Fig. 8. Effects of pressure on particle residence time distribution.

dilute riser flow (DRF), core-annulus flow (CAF), CAF with turbulent
fluidized bed at the bottom (TFBB), and dense riser upflow (DRU). In
this study, the majority of simulation results are in the flow modes
of CAF only and core-annulus flow with TFBB. This diagram can be
helpful for CFB design using the combined (ug — uy, Gs) values.

5.2. Full-loop characteristics of pressurized circulating fluidized bed

Fig. 4 shows the details of gas—solid flow behavior. Particles in
the dense region are blown up by fluidizing gas from the bottom
distributor and accelerated in the low part of the riser. After this,
the particle velocity gradually decreases in the dilute region and the
transition region. Then, the gas—solid mixture flows into the

cyclone separator. The gas flows out from the central tube of the
cyclone separator, and the particles flow out from the lower exit of
the cyclone separator. The falling particles pass through the solids
return leg and are sent into the riser by the gas flow in the loop-seal
for continuous circulation.

Fig. 5 shows 3D surface plots of the particle volume fraction of
the riser. It is seen that the particle volume fraction is unevenly
distributed and decreases gradually along the axial direction of the
riser. The CAF structure is also observed along the whole riser.
Generally, the particle volume fraction in the center of the bed is
lower (less than 0.05), while the particle volume fraction at the wall
is larger (more than 0.1). Besides, the CAF is also greatly changed
along the bed height, with the annulus region diminishing and
the core region extending to the vicinity of the riser wall.

5.3. Particle residence time

Fig. 6 shows the particle RTD under different fluidizing gas
velocities and solid circulation rates. It can be seen that with the
increase in fluidizing gas velocity and solid circulation rate, the
starting time of the particle RTD curve has a decreasing trend. It is
because with the increase in fluidizing gas velocity and solid cir-
culation rate, the average velocity of particles increases, causing an
earlier peak time, a larger peak, and a sharp-shaped residence time
distribution. It can also be observed that as the fluidizing gas ve-
locity and solid circulation rate increase, the width of the distri-
bution increases. The increase in fluidizing gas velocity causes a
decrease in the tail. However, the increase in solid circulation rate
means an increase in the particle volume fraction, which reflects
the increase in the particle back-mixing and in turn leads to an
increase in the width of the distribution [34].

Fig. 7 shows the particle mean residence time in the riser under
different solid circulation rates. Under the same pressure, the mean
residence time tends to decrease slightly with the increase in solid
circulation rate. With the increase in solid circulation rate, the

o
o
I

o
S
f

Particle dispersion cocfficicnt D, /m*-s™

<o
o

1.0 12
(@) —8-0.1MPa 4,735 ms" G=227kg-m 257! (b) —=-03MPa 4=3.0m's" G=313kgm s
~-0.1MPa #;=5.0m's" G,=36.7 kgm>s™! ~e-03MPa u=45ms" G=553kg'm s
08 —A—0.1 MPa u,~6.5 ms? G=57.1kgm?s! 10 —4—0.3MPa u=~6.0m's™ G=73.0kgm™>s™

|

o
o
1

Particle dispersion cocfficient D, /m*s™

0 500 1000 1500 2000 2500 3000 3500

o
IS

0 500 1000 1500 2000 2500 3000 3500
Height A/mm Height //mm
12
(c) —#-0.6 MPa u=25m's” G=36.6kgm?s"

=)
!

Particle dispersion cocfficient D, /m?-s™
o o
(o)) 0
f |

~-0.6MPa u=40m's" G=602kgm>s"
—4—0.6 MPa u,=5.0 ms? G=759kgm?s!

=

o
~

T
0 500

T T T T T
1000 1500 2000 2500 3000 3500

Height A/mm

Fig. 9. Axial dispersion coefficients along the bed height under different solid circulation rate: (a) p = 0.1 MPa; (b) p = 0.3 MPa; (c) p = 0.6 MPa.



174 J. Guo et al. / Chinese Journal of Chemical Engineering 69 (2024) 167—176

=}
o

1
2 (a) —=— 0.1 MPa, D,
£ 4o 8- 0.1 MPa, Pe,

0.8

074 1

IS

0.6

1
w

0.5

Particle dispersion cocfficicnt D,
Axial particle Peclet number Pe,

0.4 T T T T 2
10 20 30 40 50 60 70

Solids circulation rate G/kg-m™2s™!

-
o

o
o

() —e— 03MPa, D,
-=®-- 0.3 MPa, Pe,

<o o
o ©
L L

IS
Axial particle Peclet number Pe,

=3
o)
1
L
w

Particle dispersion cocfficicnt D /m?-s™
IS =)
W ~
1 N

o
~

T T T T T
30 40 50 60 70 80 90
Solids circulation rate G /kg-m™2s™

)
=3

©

o
=)
!

o
)
L

o
o
1

Particle dispersion cocfficient D /m*s™
o o
wn ~
1 M

<
=

—A— 0.6 MPa, D,
--4-- 0.6 MPa, Pe,

S
Axial particle Peclet number Pe,

1
w

T T
30 40 50

[N
=]

T T T 2
60 70 80 90

2 -l

Solids circulation rate Gy/kg-m™s

Fig. 10. Effects of solid circulation rate on axial dispersion coefficient and axial Peclet number: (a) p = 0.1 MPa; (b) p = 0.3 MPa; (c) p = 0.6 MPa.

particle volume fraction increases in the riser, leading to a slight
increase in particle mean residence time.

The cases with the same fluidization number ug/up,¢ and solid
circulation rate under different pressures are selected for analysis,
as shown in Fig. 8. When the fluidization number and solid circu-
lation rate are the same, the RTD curve becomes wider and the tail
increases with the increase in pressure, indicating an increase in
back-mixing and enhanced CAF structure.

5.4. Particle axial dispersion coefficient

The cases of different solid circulation rates under the same
pressure are shown in Fig. 9. It can be seen that the axial dispersion
coefficient shows a decreasing trend along the bed height.
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Fig. 11. Axial dispersion coefficient along the bed height under different pressures.

Fig. 10 shows that with an increase in fluidizing gas velocity and
solid circulation rate, the axial dispersion coefficient increases. As
the solid circulation rate increases, the internal circulation of par-
ticles increases, which leads to an increase in the axial diffusion
coefficient and a decrease in the axial Peclet number.

The cases with different pressures under the same solid circu-
lation rate and fluidization number are shown in Fig. 11. The axial
dispersion coefficient under different conditions shows a
decreasing trend with an increase in bed height. Fig. 12 shows the
effect of pressure on the particle axial dispersion coefficient and
axial Peclet number. With the increase in pressure, the axial
dispersion coefficient increases and the axial Peclet number de-
creases. This is because when pressure increases, the CAF structure
is strengthened and the back-mixing of particles increases, result-
ing in an increase in the axial dispersion coefficient.
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Conclusions

The distribution of particle residence time and axial dispersion

coefficient of pressurized circulating fluidized bed is studied by
simulation using the MP-PIC model. The main conclusions are listed

das

follows:

(1) The CAF structure is observed in the riser. Along the riser
height, the annulus region diminishes, and the core region
extends to the vicinity of the riser wall. Compared with
conditions in the atmosphere, the axial particle volume
fraction distribution under pressurized conditions is more
uniform.

(2) By increasing the fluidizing gas velocity or solid circulation
rate, the particle mean residence time decreases. With
increasing pressure, the core-annulus flow is strengthened,
which leads to a wider shape of the particle residence time
distribution curve.

(3) As the fluidizing gas velocity increases, the axial dispersion
coefficient increases, and the axial Peclet number decreases.
By increasing the solid circulation rate, the internal circula-
tion of particles increases, which leads to an increase in the
axial dispersion coefficient and a decrease in the axial Peclet
number. By increasing pressure, the back-mixing of particles
increases, resulting in an increase in the axial dispersion
coefficient.
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